
E
h

M
S

a

A
R
R
2
A

K
C
M
P

1

m
n
s
m
a
u
c
m
f
e
a
r

s
i
o
l
r
r

1
d

Chemical Engineering Journal 157 (2010) 520–529

Contents lists available at ScienceDirect

Chemical Engineering Journal

journa l homepage: www.e lsev ier .com/ locate /ce j

nhancement of methanol production in a novel cascading fluidized-bed
ydrogen permselective membrane methanol reactor

.R. Rahimpour ∗, M. Bayat, F. Rahmani
chool of Chemical and Petroleum Engineering, Department of Chemical Engineering, Shiraz University, Shiraz 71345, Iran

r t i c l e i n f o

rticle history:
eceived 6 September 2009
eceived in revised form
2 December 2009
ccepted 24 December 2009

a b s t r a c t

In this work, a novel cascading fluidized-bed hydrogen permselective membrane methanol reactor (CFB-
MMR) concept has been proposed. In the first catalyst bed, the synthesis gas is partly converted to
methanol in water-cooled reactor which is a fluidized-bed. In the second bed which is a membrane
assisted fluidized-bed reactor, the reaction heat is used to preheat the feed gas to the first bed. This reac-
tor configuration solves some observed drawbacks of new conventional dual-type methanol reactor even
eywords:
ascading fluidized-bed membrane reactor
ethanol synthesis

d–Ag membrane

better than fluidized-bed membrane dual-type methanol reactor (FBMDMR). The two-phase theory in
bubbling regime of fluidization is used to model and simulate the proposed reactor. The proposed model
has been used to compare the performance of a CFBMMR with industrial dual-type methanol reactor
(IDMR) and FBMDMR. This comparison shows that fluidizing catalyst bed in the water-cooled reactor
caused a favourable temperature profile along the CFBMMR. Additionally, the simulation results repre-
sent 3.94% and 9.53% enhancement in the yield of methanol production in comparison with FBMDMR

and IDMR respectively.

. Introduction

Methanol is an important industrial chemical that will play a
ajor role in the energy sector, where it could provide a conve-

ient hydrogen source for fuel cells, or serve as intermediate for
ynthetic fuels such as dimethyl ether (DME) [1] and as a raw
aterial for the production of chemicals such as formaldehyde

nd acetic acid. Methanol synthesis is the second largest present
se of hydrogen, after ammonia synthesis and is produced by
atalytic conversion of synthesis gas (H2, CO2, and CO) [2]. Improve-
ent in production efficiency of important chemicals by only a

ew percents can sometimes result in significant profit increases,
nergy conservation and environmental protection, especially for
chemical such as methanol which is produced in a worldwide

ange [3].
The factors affecting the production rate in industrial methanol

ynthesis are parameters such as thermodynamic equilibrium lim-
tations and catalyst deactivation and variation in the composition
f the reacting gas. Also diffusional limitations due to relatively

arge catalyst particles cannot be eliminated in fixed-bed configu-
ations by usage of smaller particles because pressure drop in the
eactor is increased.
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1.1. Process and model

The importance of methanol has motivated numerous studies
whose aim was to improve the efficiency of industrial methanol
synthesis reactor. Dynamic simulation of conventional methanol
synthesis reactor was investigated by Lovik et al. [4] for long-term
optimization. Rahimpour et al. [5] studied deactivation of methanol
synthesis catalyst and proposed the mechanisms for deactivation
of this type of catalyst. Velardi and Barresi [6] proposed a multi-
stage methanol reactor network with auto-thermal behaviour to
promote the reactor performance. Rahimpour [7] proposed a two-
stage catalyst bed concept for the conversion of carbon dioxide
into methanol. Rahimpour et al. [8,9] have studied a comparison
of dual-type and conventional methanol synthesis reactor in the
presence of catalyst deactivation. Struis et al. [10] have considered
increasing in methanol yield by using membrane reactor. Gallucci
et al. [11] have shown that using a membrane reactor is possi-
ble to obtain higher conversion of CO2 and both higher methanol
selectivity and methanol yield with respect to a traditional reac-
tor. Rahimpour et al. [12] have investigated the enhancement of
methanol production in membrane dual-type reactor. Elnashaie
and Wagialla [13] have studied the fluidized-bed reactor concept

for methanol synthesis. Rahimpour et al. [14] have investigated
the enhancement of methanol production in a novel fluidized-bed
membrane dual-type reactor for methanol synthesis. Rahimpour et
al. [15] have considered the enhancement of methanol production
in a novel fluidized-bed hydrogen permselective membrane reac-

http://www.sciencedirect.com/science/journal/13858947
http://www.elsevier.com/locate/cej
mailto:rahimpor@shirazu.ac.ir
dx.doi.org/10.1016/j.cej.2009.12.048
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Nomenclature

Ac cross-section area of each tube (m2)
Ar Archimedes number
Ashell cross-section area of shell (m2)
ab specific surface area of bubble (m2 m−3)
av specific surface area of catalyst pellet (m2 m−3)
CPg specific heat of the gas at constant pressure

(J mol−1 K−1)
Cph specific heat of the hydrogen at constant pressure

(J mol−1 K−1)
CPs specific heat of the catalyst at constant pressure

(J mol−1 K−1)
ct total concentration (mol m−3)
dp particle diameter (m)
db bubble diameter (m)
Fsh total molar flow in shell side (mol s−1)
Ft total molar flow per tube (mol s−1)
Fe molar flow in emulsion side (mol s−1)
Fb molar flow in bubble side (mol s−1)
Kbei mass transfer coefficient for component i in

fluidized-bed (m s−1)
kgi mass transfer coefficient for component i (m s−1)
Pa atmospheric pressure (bar)
Pt

H tube side pressure (bar)
Psh

H shell side pressure (bar)
P̄ permeability of hydrogen through Pd–Ag layer

(mol m−1 s−1 Pa−1/2)
P0 pre-exponential factor of hydrogen permeability

(mol m−1 s−1 Pa−1)
Ri inner radius of Pd–Ag layer (m)
Ro outer radius of Pd–Ag layer (m)
ri reaction rate of component i (mol kg−1 s−1)
T bulk gas phase temperature (K)
TR reference temperature used in the deactivation

model (K)
Ts temperature of solid phase (K)
Tsat saturated temperature of boiling water at operating

pressure (K)
Tshell temperature of coolant stream, in first reactor (K)
Ttube temperature of coolant stream, in second reactor (K)
Ushell overall heat transfer coefficient between coolant

and process streams (W m−2 K−1)
ug linear velocity of fluid phase (m s−1)
ub velocity of rise of bubbles (m s−1)
ue linear velocity of emulsion phase (m s−1)
yi mole fraction of component i in the fluid phase

(mol mol−1)
yis mole fraction of component i in the solid phase

(mol mol−1)
yb

i
mole fraction of component i in the bubble phase
(mol mol−1)

ye
i

mole fraction of component i in the emulsion phase
(mol mol−1)

Z axial reactor coordinate (m)

Greek letters
˛H hydrogen permeation rate constant

(mol m−1 s−1 Pa−1/2)
�Hf,i enthalpy of formation of component i (J mol−1)
�H298 enthalpy of reaction at 298 K (J mol−1)
εB void fraction of catalytic bed
εs void fraction of catalyst
εmf void fraction of catalytic bed at minimum fluidiza-

tion

εw void fraction of bed next to the wall of the tube
� stoichiometric coefficient
�ci critical volume of component i (cm3 mol−1)
� density of fluid phase (kg m−3)
�B density of catalytic bed (kg m−3)
�s density of catalyst (kg m−3)
� catalyst effectiveness factor
ı bubble phase volume as a fraction of total bed vol-

ume

Superscripts and subscripts
i component i
f feed conditions
in inlet conditions
out outlet conditions
s at catalyst surface
sh shell side
T tube side
b bubble phase

e emulsion phase
mf minimum fluidization

tor in the presence of catalyst deactivation. Recently, a dual-type
reactor system instead of a single-type reactor was developed for
methanol synthesis. The dual-type methanol reactor is an advanced
technology for converting natural gas to methanol at low cost and
in large quantities. This system is mainly based on the two-stage
reactor system consisting of a water-cooled and a gas-cooled reac-
tor. The synthesis gas is fed to the tubes of the gas-cooled reactor
(second reactor). This cold feed synthesis gas is routed through
tubes of the second reactor in a counter-current flow with reacting
gas and heated by heat of reaction produced in the shell. So, the
reacting gas temperature is continuously reduced over the reac-
tion path in the second reactor. The outlet synthesis gas from the
second reactor is fed to tubes of the first reactor (water-cooled)
and the chemical reaction is initiated by catalyst. The heat of reac-
tion is transferred to the cooling water inside the shell of reactor.
In this stage, the synthesis gas is partly converted to methanol in
a water-cooled single-type reactor. The methanol-containing gas
leaving the first reactor is directed into the shell of the second
reactor. Finally, the product is removed from the downstream of
the second reactor [16]. The operating data of this conventional
reactor shows high pressure drop, plug in and low performance of
gas-cooled reactor in comparison with water-cooled reactor [16].
As mentioned above, the reactions in the gas-cooled reactor are
taking place in a large diameter reactor (shell side) so that radial
gradient of concentration and temperature prevent higher perfor-
mance of this reactor. One potentially interesting idea for this type
of reactor is using a fluidized-bed concept instead of a packed-
bed reactor in both reactors (gas-cooled and water-cooled reactors)
which is the subject of this work. Conventional packed-bed reactors
are seriously limited by poor heat transfer and low catalyst parti-
cle effectiveness factors because of severe diffusional limitations
with the catalyst particle sizes used [17]. Smaller particle sizes are
infeasible in packed-bed systems because of pressure drop consid-
erations [18]. The advantages of the new proposed concept are a
small pressure drop, prevention of problems such as radial gradi-
ents, plug in and internal mass transfer limitation, and, if desired, a

high production capacity. In addition, using fluidized-bed concept
provides a uniform temperature along the reactor because of the
absence of radial and axial temperature gradients which prolong
the service life of the catalyst and prevents higher damage to the
membrane wall of the gas-cooled reactor. Furthermore, it can oper-
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Table 1
Catalyst and specifications of both reactors of IDMR [16].

Water-cooled reactor Gas-cooled reactor

Parameter Value Value Unit

D 4.5 5.5 m
Di 40.3 21.2 mm
Do 4.5 25.4 mm
dp 0.00574 0.00574 m
�s 1770 1770 kg m−3

CPs 5.0 5.0 kJ kg−1 K−1

�c 0.004 0.004 W m−1 K−1

av 625.7 625.7 m2 m−3

εs 0.39 0.39 –
εB 0.39 0.39 –
Tube length 8 10 m

(CFBMMR)

Fig. 2 shows the schematic diagram of a CFBMMR configuration.
Basically, the process in CFBMMR is similar to IDMR with the excep-

Table 2
Input data of the IDMR [16].

Feed conditions Value

Feed composition (mol%)
CO2 8.49
CO 8.68
H2 64.61
CH4 9.47
N 8.2
22 M.R. Rahimpour et al. / Chemical E

te with much lower pressure drop than packed-beds while very
mall catalyst particles can be used [19]. Although fluidized-bed
eactor has some advantages, there are some possible disadvan-
ages using fluidized-bed reactor as follows: difficulties in reactor
onstruction and membrane sealing, erosion of reactor internals
nd catalyst attrition [20].

.2. Pd–Ag membrane

As a solution to overcome the thermodynamic limitations, reac-
or operation with the addition of H2 to the reacting gas by using

embrane can be devised using permselective membranes that
hift the reaction equilibrium in a favourable direction [21–23] as
ell as thermal uniformity, offered by fluidized-bed systems, is

dvantageous for maximizing membrane utilization and for min-
mizing thermal stresses in the membranes [24]. The applications
f membrane reaction technology in chemical reaction processes
re now mainly focused on reaction systems containing hydrogen
nd oxygen, and are based on inorganic membranes such as Pd and
eramic membranes [25]. In many hydrogen-related reaction sys-
ems, Pd-alloy membranes on a stainless steel support were used
s the hydrogen permeable membrane [26]. Abate et al. have mea-
ured the permeation behaviour of the membrane with pure H2
t three different temperatures in the 350–450 ◦C range. A stable
ehaviour is typically observed after few hours, but in some cases
he time of the test was extended to have better indications on
tability of operations [27].

For improving the longevity of the palladium membranes, which
re sensible in the face of heating and hydrogen, Palladium–silver
Pd–Ag) alloy is used [28]. Toshishige and Suzuki showed that the
urability of the alloy membrane (Ag > 20%) by cyclic change of
as and temperature was improved and it was demonstrated to
revent lattice expansion by alloying with more than 20% of sil-
er [29]. Alloying the palladium, especially with silver, reduces the
ritical temperature for embitterment and leads to an increase in
he hydrogen permeability. The highest hydrogen permeability was
bserved at an alloy composition of 23 wt% silver [30]. The Pd–Ag
embrane is single phase after annealing in H2 at 400 and 500 ◦C

nd it was reported that hydrogen permeation rate increases in a
ingle phase Pd–Ag alloy [31].

Palladium-based membranes have been used for decades in
ydrogen extraction because of their high permeability and good
urface properties and because palladium, like all metals, is 100%
elective for hydrogen transport [32]. These membranes com-
ine excellent hydrogen transport and discrimination properties
ith resistance to high temperatures, corrosion, and solvents. Key

equirements for the successful development of palladium-based
embranes are low costs as well as permselectivity combined
ith good mechanical, thermal and long-term stability [33]. These
roperties make palladium-based membranes such as Pd–Ag mem-
ranes very attractive for use with petrochemical gases.

.3. Objectives

In this paper, two-phase bubbling model for both reactors was
eveloped to analyze the performance of cascading fluidized-bed
embrane reactor. Moreover, we aim to demonstrate the advan-

ages of the fluidized-bed concept in both reactor and the viability
f this new configuration using theoretical investigation. In order
o have a realistic comparison with industrial dual-type methanol

eactor and fluidized-bed membrane dual-type methanol reactor,
he same operating conditions of an actual IDMR are used to simu-
ate the performance of the suggested CFBMMR. The results show
hat the methanol production rate in CFBMMR is greater than in
DMR and even in FBMDMR.
Number of tubes 5955 3026 –
Shell side pressure – 71.2 bar
Tube side pressure 75 76.98 bar

2. Process description

2.1. Industrial dual-type methanol reactor (IDMR)

The schematic diagram of industrial dual-type methanol reactor
is presented in Fig. 1. The catalyst is packed in vertical tubes of first
reactor and shell side of second reactor. The methanol synthesis
reactions are carried out over commercial CuO/ZnO/Al2O3 catalyst.
The technical design data of the catalyst pellet and input data of
IDMR are summarized in Tables 1 and 2. This system is mainly based
on the two-stage reactor system consisting of a water-cooled and
a gas-cooled reactor. The cold feed synthesis gas is fed to the tubes
of the gas-cooled reactor (second reactor) from bottom of reactor
and flowing in counter-current mode with reacting gas mixture in
the shell of the reactor. Then the synthesis gas is heated by the heat
of reaction produced in the shell. Therefore, the reacting gas tem-
perature is continuously reduced through the reaction path in the
second reactor. The outlet synthesis gas from the second reactor
is fed to tubes of the first reactor (water-cooled) and the chemical
reaction is initiated by the catalyst. The heat of reaction is trans-
ferred to the cooling water inside the shell of reactor. In the first
stage, methanol is partly produced.

The gas leaving the first reactor is directed into the shell of
the second reactor from top of the reactor. Finally, the product is
removed from the downstream of the second reactor (gas-cooled
reactor). As fresh synthesis gas is only fed to the first reactor, no
catalyst poisons reach the second reactor.

2.2. Cascading fluidized-bed membrane methanol reactor
2

H2O 0.1
CH3OH 0.37
Argon 0.24
Inlet temperature [K] 401
Pressure [bar] 76
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Fig. 1. A schematic diagram of indu

ion of some changes. These changes in the new proposed system
re as follows:

Firstly, the fixed catalyst bed of the first reactor and second reac-
or in reaction side has been changed to fluidized-bed by applying
mall catalyst size. Secondly, in order to fluidize catalyst bed, the
eacting gas leaving first reactor is routed to the bottom of the
econd reactor and also the outlet synthesis gas from the second
eactor is fed to the bottom of tubes in the first reactor (water-

ooled). Thirdly, the walls of tubes in the second reactor (gas-cooled
eactor) consist of hydrogen permselective membrane. The pres-
ure difference between the shell (71.2 bars) and tube (76.98 bars)
ides in IDMR is the driving force for the diffusion of hydrogen
hrough the Pd–Ag membrane layer. On the other hand, in the new

Fig. 2. A schematic diagram of cascading fluidized-
ual-type methanol reactor (IDMR).

system, the mass and heat transfer process simultaneously occurs
between shell and tube, while in the industrial-type system only
a heat transfer occurs. This simulation study is based on a Pd–Ag
layer thickness of 1.1 �m.

3. Mathematical model
3.1. IDMR model

3.1.1. Water-cooled reactor (first reactor)
The mathematical model for the simulation of first reactor in

IDMR was developed based on the following assumptions:

bed membrane methanol reactor (CFBMMR).
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(1) One-dimensional plug flow in shell and tube sides; (2) axial
ispersion of heat is negligible compared to convection; (3) gases
re ideal; (4) the radial diffusion in catalyst pellet is neglected. The
ass and energy balance for solid phase is expressed by:

gi
· ct · av · (yi − yis) + � · ri�B = 0, i = 1, 2, . . . , N (1)

vhf (T − Ts) + �B ·
N∑

i=1

� · ri(−�Hf,i) = 0 (2)

here yis and Ts are the mole fraction and temperature of solid
hase respectively, and i represents H2, CO2, CO, CH3OH, H2O,
rgon, nitrogen and methane.

� is the effectiveness factor of catalyst and is calculated accord-
ng to procedure explained by Rezaie et al. [34]. Moreover the
inetic model and the equilibrium rate constants are selected from
raaf’s studies [35,36].

The following two conservation equations are written for the
uid phase:

Ft

Ac

dyi

dz
+ avctkgi

(yis − yi) = 0, i = 1, 2, . . . , N (3)

Ft

Ac
cpg

dT

dz
+ avhf (Ts − T) + �Di

Ac
Ushell(Tshell − T) = 0 (4)

here yi and T are the fluid phase mole fraction and temperature,
espectively. As can be seen in Fig. 2, the outlet synthesis gas from
he second reactor is the inlet synthesis gas to the first reactor.
he boundary conditions are unknown and the more details are
xplained as numerical solution in steady-state computations.

= 0; yi = yiin
; T = Tin (5)

.1.2. Gas-cooled reactor (second reactor)

.1.2.1. Shell side (reaction side). The mass and energy balance for
olid phase in the gas-cooled reactor is the same as that in the
ater-cooled reactor. The following equations are written for fluid
hase:

Fsh

Ashell

dyi

dz
+ avctkgi

(yis − yi) = 0, i = 1, 2, . . . , N (6)

Fsh

Ashell
Cpg

dT

dz
+ avhf (Ts − T) + �Di

Ashell
Utube(Ttube − T) = 0 (7)

.1.2.2. Tube side (feed synthesis gas flow). The energy balance
quation for fluid phase is given:

Ft

Ac
Cpg

dTtube

dz
+ �Di

Ac
Utube(T − Ttube) = 0 (8)

here Ft is the molar flow rate. The boundary conditions are as
ollows:

= L; yi = yif ; T = Tf (9)

.2. CFBMMR model

.2.1. Water-cooled reactor (first reactor)
The mathematical simulation for first and second reactor of CFB-

MR was developed based on the following assumptions:
(1) Ideal gas behaviour is assumed; (2) reactions mostly occur

n emulsion phase; (3) in view of their small size, the diffusional
esistance inside the catalyst particles is neglected; (4) the dense
atalyst bed is considered to be composed of bubble phase and

mulsion phase; (5) bubbles are assumed to be spherical; (6) the
ubble phase contains some catalyst particles, which involve in
eactions but the extend of reaction in bubble phase is much
ess than emulsion phase; (7) due to rapid mixing, the operation
s assumed to be isothermal which means bubble and emulsion
Fig. 3. Schematic diagram of an elemental volume of first reactor.

phases have same temperature; (8) the top 3 m of both reactors is
freeboard region which is devoid of catalyst and no changes occur
in this region. We consider an element of length dz as depicted in
Fig. 3.

The resulting mass balances for bubble and emulsion phase are
given in Eqs. (10) and (11).

Bubble phase:

ıKbeictab(yie − yib) − ı

Ac

dFb
i

dz
+ ı · 	 · �s

3∑
j=1

rbij = 0, i = 1, 2, . . . , N

(10)

where Kbei is the mass transfer coefficient between bubble phase
and emulsion phase, yie and yib are the emulsion phase and bubble
phase mole fraction, respectively and 	 is the volume fraction of
catalyst bed occupied by solid particles in bubble phase.

Emulsion phase:

ıKbeictab(yib − yie) − 1 − ı

Ac

dFe
i

dz
+ (1 − ı)�e · � ·

3∑
j=1

rij = 0 (11)

where Fb
i

and Fe
i

are given as follows:

Fb
i = yibFt; Fe

i = yieFt (12)

The heat transfer equation between bed (tubes) and shell side
(cooling water):

�Di

Ash
Utube(Tshell − T) + (1 − ı)�e · � · a ·

3∑
j=1

rj(−�Hf,j)

+ı · 	 · �B · � · a ·
3∑

j=1

rbj(−�Hf,j) = 0 (13)

where Tshell is temperature in shell side which is constant and Ash
is the equivalent area around each tube [37].

3.2.2. Gas-cooled reactor (second reactor)
3.2.2.1. Shell side (reaction side). The assumptions considered for
the first reactor are also valid in the gas-cooled reactor. Moreover
in the second reactor was assumed: (1) hydrogen is the only species
which permeates through the membrane tube walls; (2) hydrogen
permeates to the emulsion phase; (3) the axial diffusion of hydro-

gen through the membrane is neglected compared to the radial
diffusion; We consider an element of length dz as depicted in Fig. 4.

The resulting mass balances for bubble and emulsion phase are
given in Eqs. (14) and (15).
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Table 3
Hydrodynamic parameters [40–43].

Parameter Equation

Superficial velocity at
minimum
fluidization

1.75

ε3
mf

ϕs

[
dp�gumf

�

]2

+ 150(1 − εmf )

ε3
mf

ϕs

[
dp�gumf

�

]
= Ar

Archimedes number Ar =
d3

p�g (�p − �g )g

�2

Bed voidage at
minimum
fluidization velocity

εmf = 0.586Ar−0.029

(
�g

�p

)0.021

Bubble diameter db = dbm − (dbm − dbo)exp

(
−0.3z

D

)

dbm = 0.65
[�

4
D2(uo − umf )

]0.4

dbo = 0.376(uo − umf )2

Mass transfer
coefficient
(bubble-emulsion
phase)

Kbei = umf

3
+
(

4Djmεmf ub

�db

)1/2

Bubble rising velocity ub = u − umf + 0.711
√

gdb

Specific surface area
for bubble

ı = u − umf

ub

Volume fraction of
bubble phase to

ab = 6ı

db

¯

Fig. 4. Schematic diagram of an elemental volume of second reactor.

Bubble phase:

ıKbeictab(yie − yib) − ı

Ashell

dFb
I

dz
+ ı · 	 · �s

3∑
j=1

rbij = 0,

i = 1, 2, . . . , N (14)

here Kbei is the mass transfer coefficient between bubble phase
nd emulsion phase, yie and yib are the emulsion phase and bubble
hase mole fraction, respectively and 	 is the volume fraction of
atalyst bed occupied by solid particles in bubble phase.

Emulsion phase:

ıKbeictab(yib − yie) − 1 − ı

Ashell

dFe
i

dz

+(1 − ı)�e · � ·
3∑

j=1

rij + (1 − ı)
˛H

As
(
√

Pt
H −

√
Ps

H) = 0 (15)

here ˛H is hydrogen permeation rate constant, Pt
H and Psh

H are
ydrogen partial pressures in tube and reaction side (shell side),
espectively. Fb

i
and Fe

i
are given as follows:

b
i = yibFsh; Fe

i = yieFsh (16)

The heat transfer equation between bed and tubes:

−(1 − ı)
˛H

As
(
√

pr
H −

√
ps

H)Cph(T − Ttube) + �Di

Ash
Ushell(Ttube − T)

+(1 − ı) · � · �e

3∑
j=1

rj(−�Hf,j) + ı · 	 · �B · �

3∑
j=1

rbj(−�Hf,j) = 0

(17)

here Ttube is temperature in tube side and Ash is the equivalent
rea around each tube [37].

.2.2.2. Tube side (fresh feed synthesis gas flow). The mass and
nergy balance equations for fluid phase are given as follows:

Ft

Ac

dyi

dz
− ˛H

As
(
√

Pt
H −

√
Ps

H) = 0, i = 1, 2, . . . , N (18)
Ft

Ac
Cpg

dTtube

dz
+ ˛H

As
(
√

Pt
H −

√
Ps

H)Cph(T − Ttube)

+�Di

Ac
Utube(T − Ttube) = 0 (19)
overall bed

Density for emulsion
phase

�e = �p

(
1 − εmf

)

where Ft is molar flow rate and Ttube is temperature of synthesis gas
in tube side. The boundary conditions are as follows:

z = L; yi = yif ; T = Tf (20)

The hydrodynamic parameters for CFBMMR system have been
taken from the literature (summarized in Table 3) although these
correlations were originally obtained for beds without internals.
It is assumed that these correlations can reasonably well describe
the FBMR (see Table 3). For an explanation of the symbols used, the
reader is referred to Notations section.

3.2.3. Hydrogen permeation in the Pd–Ag membrane
The flux of hydrogen permeating through the palladium mem-

brane, j, will depends on the difference in the hydrogen partial
pressure on the two sides of the membrane. Here, the hydrogen
permeation is determined assuming Sieverts’ law:

jH = ˛H(
√

Pt
H −

√
Ps

H) (21)

Data for the permeation of hydrogen through Pd–Ag membrane
were determined experimentally by Hara et al. [38]. In Eqs. (8)–(13),
˛H is hydrogen permeation rate constant and is defined as [38]:

˛H = 2�LP

ln(Ro/Ri)
(22)

where Ro and Ri stand for outer and inner radius of Pd–Ag
layer. Here, the hydrogen permeability through Pd–Ag layer is
determined assuming the Arrhenius law, which as a function of
temperature is as follows [39,40]:

(−Ep
)

P = P0 exp
RT

(23)

where the pre-exponential factor P0 above 200 ◦C is reported
as 6.33 × 10−8 mol m−1 s−1 Pa−1/2 and activation energy Ep is
15.7 kJ kmol−1 [39,40].
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Table 4
Comparison between the results of model for IDMR with plant data.

Product condition Plant Predicted Error × 100%

Composition (mol%)
CH3OH 0.104 0.1023 −3.4
CO2 0.0709 0.0764 −4.38
CO 0.0251 0.0228 −9.16
H2O 0.0234 0.0211 −9.82
H2 0.5519 0.5323 −3.55
N2/Ar 0.0968 0.0905 −6.5
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CH4 0.114 0.103 −9.64
Temperature [K] 495 489.5 −1.2
CO2 removal rate [ton/day] 2500 2542.5 1.7

. Solution of model

The basic structure of the model is consisted of mass conser-
ative rule of bubble and emulsion phase as well as heat transfer
quation in the both reactor. These equations have to be coupled
ith non-linear algebraic equations of the kinetic model and also
uidized-bed hydrodynamic and transport property correlation
nd other auxiliary correlations.

In order to solve the set of reactor model equations (the set
f non-linear differential-algebraic equations) at the steady-state
ondition, backward finite difference approximation was applied
o the system of ordinary differential-algebraic equations. The set
f non-linear algebraic equations has been solved using the shoot-
ng method. In fact, the temperature (Tin) and H2 mole fraction (yin)
f inlet feed synthesis gas for water-cooled reactor are unknown,
hile the temperature (Tf) and H2 mole fraction (yf) of feed syn-

hesis gas stream are known. The shooting method converts the
oundary value problem to an initial value one. The solution is pos-
ible by guessing a value for Tin and yin of heated feed synthesis
as to the water-cooled reactor. The water-cooled and gas-cooled
eactors are divided into 14 and 16 sections, respectively and then
auss–Newton method is used to solve the non-linear algebraic
quations in each section. At the end, the calculated values of tem-
erature (Tf) and H2 mole fraction (yf) of fresh feed synthesis gas
tream are compared with the actual values. This procedure is
epeated until the specified terminal values are achieved within
mall convergence criterion.

. Results and discussion

.1. Model validation

The validation of proposed model was carried out by comparison
f model results with plant data for industrial dual-type methanol
eactor under the design specifications and input data tabulated
n Tables 1 and 2, respectively. The model results and the corre-
ponding observed data of the plant are presented in Table 4. It
as observed that, the model performed satisfactorily well under

ndustrial conditions and a good agreement between plant data and
imulation data existed.

Fig. 5(a)–(c) shows the mole fraction profiles of reactants and
roducts along the reactors resulted from simulation of CFBMMR.
ince the model consists of four parts (first reactor, second reac-
or and freeboard zone in first and second reactors) three different
lopes can be seen. In these figures, the solid line separates first
eactor (water-cooled reactor) from second reactor (gas-cooled
eactor) and dash line in last three meters of first reactor and sec-
nd reactor presents freeboard zone respectively. While there is

o change in freeboard zone, a horizontal line is observed for these
arts. Fig. 5(a) shows the mole fraction profile of methanol and H2
long the reactor. Fig. 5(b) and (c) illustrates similar results for other
omponents. As it is observed, hydrogen, CO2 and CO mole fractions
Fig. 5. Mole fraction profiles of (a) methanol and H2, (b) CO2 and H2O and (c) CO
and N2.

decreases as reactant in reactions while methanol and water mole
fractions increase along the reactor and nitrogen mole fraction does
not change since is inert.

The mole fraction profiles of reactants and products in emulsion

and bubble phases along the reactors are presented in Fig. 6. The
results were obtained from CFBMMR simulation which attributed
to the mass-transport limitations between emulsion and bubble
phases. The mole fractions of reactants and products in the emul-
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Fig. 7. Comparison of mole fraction profiles for (a) methanol and (b) H2.
ig. 6. Mole fractions of emulsion and bubble phases for (a) methanol, (b) H2O and
2.

ion phase were lower and higher respectively. This could be
xplained by the fact that the reaction mostly occurs in the emul-
ion phase. Consecutively, mole fraction of methanol and H2O are
igher in emulsion phase whereas H2 mole fraction is lower than
ubble phase.

Fig. 7 illustrates the comparison of simulation results for
ethanol as product and hydrogen as reactant mole fraction for the

hree types of reactor systems (IDMR, FBMDMR and CFBMMR). In
ig. 7(a), the highest methanol mole fraction is achieved in CFBMMR
eactor. Since the FBMDMR and CFBMMR system both have lower
ressure drop, overcome mass transfer limitations due to small par-
icle size, they have the higher conversion during the operation. The
mall difference between CFBMMR and FBMDMR performances is
ttributed to the positive effect of fluidization of catalyst in the
ubes of water-cooled reactor in CFBMMR. Consequently, H2 con-
umption rate in CFBMMR and FBMDMR is higher than IDMR; see
ig. 7(b).

The comparison of the hydrogen permeation rate profile along
he second reactor of FBMDMR and CFBMMR systems is illustrated
n Fig. 8. As can be seen, the permeation rate of hydrogen decreases
long the gas-cooled reactor.

Comparison profile for temperature of reacting gas for the three
ystems is presented in Fig. 9. Generally, feed gas is fed to the tube

f the second reactor at 401 K and is heated by using the heat of
eaction in the three types of reactor. The outlet synthesis gas tem-
erature is not enough for the initiation of reaction in the first
eactor. In this way, there is a need for a heat exchanger in order

Fig. 8. Comparison of the hydrogen permeation rate profile along the second reac-
tor.



528 M.R. Rahimpour et al. / Chemical Enginee

t
t
o
t

n
s
fi
s
m
i
t
a
t
t
o
u
e
d

o
s
A
f
F
m
d
i

t

Fig. 9. Comparison profile of gas temperature in the three systems.

o heat the feed gas with outlet product stream. As Fig. 9 shows
he temperature of reacting gas in the second reactor is continu-
usly reduced and, in turn the catalysts are exposed to less extreme
emperatures and, catalyst deactivation via sintering is reduced.

For exothermic systems such as methanol synthesis thermody-
amic equilibrium becomes favourable at lower temperatures. As
hown in Fig. 9 the temperature control of the CFBMMR is easier in
rst reactor. There is not a suddenly rises of temperature for this
ystem at first 2 m of reactor. For simulation purposes, the maxi-
um temperature for the CuO/ZnO/Al2O3 catalyst to remain active

s assumed to be 543 K. As can be seen, in IDMR and FBMDMR sys-
ems, the temperature of catalyst bed cannot be controlled (i.e.,

hot spot is likely) whereas in CFBMMR is achievable. One of
he main advantages of the fluidized-bed reactor is the excellent
ube-to-bed heat transfer, which allows a safe and efficient reactor
peration even for highly exothermic reactions. The temperature
niformity as a result of very good heat transfer and temperature
qualization characteristics of fluidized-bed improves the products
istribution [44].

The comparisons of methanol production rate in the three types
f reactors are presented in Fig. 10. As can be seen, there is a con-
iderable increase in amount of methanol production in CFBMMR.
n increase about 3.94% and 9.53% in methanol yield was observed

or cascading fluidized-bed membrane reactor in comparison with
BMDMR and IDMR, respectively. This significant improvement in
ethanol production rate for CFBMMR is due to overcoming high
rop pressure, mass and heat transport limitations as well as shift-
ng the equilibrium by using permselective membrane.

According to the figure, in methanol production point of view
his feature suggests that the concept of CFBMMR system is an

Fig. 10. Comparison of methanol production rate for three types of systems.
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interesting candidate for application in methanol synthesis. How-
ever, from an industrial point of view there are still many issues
to be addressed before putting a case for successful commercial-
ization, such as difficulties in reactor construction, the cost of
membranes and their sealing in the fluidization conditions.

6. Conclusion

The methanol synthesis process in the dual-type methanol reac-
tor is limited by the poor heat transfer and low catalyst particle
effectiveness factors because of severe diffusional limitations with
the catalyst particle sizes used in the packed-bed reactor. Smaller
particle sizes are infeasible in packed-bed systems because of pres-
sure drop considerations. Therefore, development of cascading
fluidized-bed process and using fluidized-bed concept instead of
fixed-bed reactor in the reaction side of both reactors could open
the way to increasing the methanol production in the methanol
synthesis process. The potential possibilities of the CFBMMR sys-
tem were analyzed using two-phase bubbling model in the both
reactors to obtain the necessary comparative estimates. In this
work, the performance of a cascading fluidized-bed membrane
methanol reactor (CFBMMR) system was compared with an indus-
trial dual-type methanol reactor and a fluidized-bed membrane
dual-type methanol reactor (FBMDMR). This comparison shows a
favourable temperature profile along the cascading fluidized-bed
hydrogen permselective membrane methanol reactor (CFBMMR).
Additionally, the simulation results represent 3.94% and 9.53%
enhancement in the yield of methanol production in comparison
with FBMDMR and IDMR respectively.
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